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Centrifugal Compressors experience a phenome-
non called “Surge” which can be defined as a situa-
tion where a flow reversal from the discharge side 
back into the compressor casing causing mechani-
cal damage. 

The reasons are multitude ranging from driver fail-
ure, power failure, upset process conditions, start 
up, shutdown, failure of anti-surge mechanisms, 
check valve failure to operator error to name a 
few. The consequences of surge are more mechan-
ical in nature whereby ball bearings, seals, thrust 
bearing, collar shafts, impellers wear out and some-
times depending on the how powerful are the 
surge forces, cause fractures to the machinery 
parts due to excessive vibrations. 

The following tutorial explains how to size an anti-
surge valve for a single stage VSD system for Con-
cept/Basic Engineering purposes.  

General Notes & Assumptions 

1. Centrifugal compressors are characterized 
by “Performance curves” which are a plot of Actual 
Inlet Volumetric Flow rate [Q] vs. Polytropic head 
[Hp] for various operating speeds. The operating 
limits for performance curves are the surge line 
and the choke flow line, beyond which any com-
pressor operation can cause severe mechanical 
damage. 

2. Below is an image of performance curves 
characteristics which indicates the surge flow line 
and choked flow line, both of which extend from 
the minimum speed Q vs. Hp curve to the maxi-
mum speed Q vs. Hp curve. The surge curve is 
defined as the Surge Limit Line [SLL] and an oper-
ating margin is provided [e.g., 10% on flow rate] 
which is called the surge control line [SCL].  

 

 

 

 

 

 

 

 

 

 

Figure 1. Performance Curves Operating Limits 
[1] 

To ensure process safety & avoid mechanical 
damage, the anti-surge valve (ASV) must be large 
enough to recycle flow sufficiently. An undersized 
valve would fail to provide enough recycle flow to 
keep the compressor operating point away from 
SCL and SLL. Whereas over sizing the ASV leads 
to excess gas recycling that can drive the com-
pressor into the choke flow region. Oversized 
valves also create difficulties in tuning the control-
lers due to large controller gain values and limited 
stroke. 

 

 

 

 

 

 

 

 

 

Figure 2. Sizing Criteria for Anti-surge Valve 

Design Considerations for Antisurge 
Valve Sizing 
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To size the anti-surge valve (ASV), the philosophy 
employed should consider, operating the compres-
sor on the right hand side of the SCL while also 
ensuring the operating point does not cross the 
choke flow line. Towards this, the recycle flow 
rates across the ASV can be taken to be 1.8 to 2.2 
times the surge flow rate. 

5. Traditionally ASVs have linear opening 
characteristics, though sometimes equal percentage 
characteristics can be incorporated into the linear 
trend. Quick opening characteristics are not pre-
ferred due to poor throttling characteristics while 
Equal percentage valves suffer from slow opening 
during the early travel period. 

6. The stroking time of the valve should be 
ideally less than 2 sec with less than 0.4 sec time 
delay and no overshoot. The actuator response 
time must be less than 100 msec and the noise lim-
it is ~85 dBA. The maximum noise level allowed is 
110 dBA. 

7. Anti-surge valves are Fail-open [FO] type 
and should provide stable throttling. Fluid velocities 
should be less than 0.3 Mach to avoid piping dam-
age and valve rattling. 

8. The anti-surge valve can be operated pneu-
matically or by solenoid action. For valve sizes 
greater than 16”, a motor operated valve can be 
used to effectuate the fast opening requirements. 

9. Although the current tutorial provides a 
methodology to size an ASV which is suitable dur-
ing Concept/Basic Engineering stage, a compressor 
dynamic simulation shall be performed with the 
actual plant layout based on detailed design to veri-
fy if the ASV can cater to preventing a surge during 
start-up & shutdown scenarios. 

10. The final ASV size must be verified and ar-
rived in concurrence with the turbomachinery ven-
dor, valve manufacturer, if the ASV can cater to the 
surge control philosophy employed, slope of the 
performance curves and polytropic efficiency maps 
at the choke points. 

Anti-Surge Valve Sizing Methodology 

To size the anti-surge valve, the ANSI/ISA S75.01 
compressible fluid sizing expression is chosen and 
the flow rates are taken for at least 1.8 to 2.2 times 
the surge flow rate. 

Step 1: Calculate Piping Geometry (Fp) 

     (1) 

Where, 

Fp = Piping geometric Factor [-] 

Cv = Valve Coefficient [-] 

d = Control Valve Size [inch] 

SK = Sum of Pipe Resistance Coefficients [-] 

The value of Fp is dependent on the fittings such 
as reducers, elbows or tees that are directly at-
tached to the inlet & outlet connections of the 
control valve.  

If there are no fittings, Fp is taken to be 1.0. The 
term SK is the algebraic sum of the velocity head 
loss coefficients of all the fittings that are attached 
to the control valve & is estimated as,  

     (2) 

Where, 

K1 = Upstream fitting resistance coefficient [-] 

K2 = Downstream resistance coefficient [-] 

KB1 = Inlet Bernoulli Coefficient [-] 

KB2 = Outlet Bernoulli Coefficient [-] 
Where, 

     (3) 

	    (4) 

Where, 

D1 = Inlet Pipe Inner Diameter [in] 

D2 = Outlet Pipe Inner Diameter [in] 

The most commonly used fitting in control valve 
installations is the short-length concentric reduc-
er. The expressions are as follows, 

  , for inlet reducer  (5) 

																																								  , for outlet reducer    (6) 

 

Step 2: Calculate Valve Coefficient (Cv) 
To calculate the valve Cv, the following ANSI/ISA 
expression is used.  

  (7)  
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                       (8)  

      (9)  

                                (10) 

If X > Fk ´ XT, then flow is Critical.  

If X < Fk ´ XT, then flow is Subcritical.  

For Critical flow, the value of ‘X’ is replaced with Fk 

´ XT and the gas expansion Factor [Y] and valve 
coefficient [Cv] is to be computed as, 

 (11)       

  (12) 

If the control valve inlet and outlet piping is provid-
ed with reducers and expanders, then the value of 
XT is replaced with XTP as follows, 

 (13) 

Where, 

Cv = Cv value at Valve 100% Open [-] 

M = Mass Flow Rate [kg/h] 

N8 = Constant [Value = 94.8] 

Fp = Piping Geometry Factor [-] 

DP = Pressure drop across ASV [bar] 

P1 = Inlet Pressure [bara] 

Y = Gas Expansion Factor [-] 

X = Pressure Drop Ratio [-] 

Z = Gas compressibility Factor [-] 

T1 = Inlet Temperature [°K] 

Fk = Gas specific heat to air specific heat ratio 

k1 = Gas specific heat ratio at valve inlet [-] 

XTP and XT = Pressure drop ratio factor [-] 

MW = Molecular Weight of gas [kg/kmol] 

To estimate the compressor mass flow rate from 
the suction density [rs] and compressor actual 
inlet flow rate, it can be estimated as, 

    (14)  

               (15) 

Where, 

R = Gas Constant [0.0831447 m3.bar/kmol.K] 

Qs = Compressor Suction Vol flow rate [m3/h] 

To arrive at a converged value of Fp, the valve Cv 
at each iteration, can be computed iteratively by 
replacing the Fp value in each iteration of the Cv 
equation. Applying the Sizing method, to the four 
points shown in Figure 2, the various sizing sce-
narios are, 

a. Minimum Speed - Surge Flow [Q1] 

b. Minimum Speed - Surge Flow [Q1 ´ 1.8] 

c. Minimum Speed - Surge Flow [Q1 ´ 2.2] 

d. Maximum Speed - Surge Flow [Q2] 

e. Maximum Speed - Surge Flow [Q2 ´ 1.8] 

f. Maximum Speed - Surge Flow [Q2 ´ 2.2] 

g. Minimum Speed - Choke Flow [Q3] 

h. Maximum Speed - Choke Flow [Q4] 

The ASV Cv computed for the surge points would 
be closer to each other in most cases. Similarly, 
the ASV Cv at the choke points would also be 
closer to each other. Therefore, to arrive at con-
servative results, the higher of the Cv values at the 
surge points & the lower of the Cv values at the 
choke points are to be considered to determine a 
suitable ASV size. 
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Case Study 

68.1 MMscfd of hydrocarbon gas at 11.61 bara 
[suction flange conditions] and 47.50C is to be 
compressed to 30.13 bara pressure [discharge 
flange conditions]. The compressed gas is cooled to 
500C via an air cooler. The gas composition is as 
follows,  

 

 

 

 

 

 

 

 

The compressor performance curves for various 
operating speeds are as follows,  

 

 

 

 

 

 

Figure 3. Compressor Performance Curves 

The upstream and downstream piping for the anti-
surge line is taken as NPS 4”, Ref [2] with a thick-
ness of 0.237 inches. The anti-surge valve chosen 
to be checked is a NPS 4” valve [OD 4.5”] [Single 
ported, Cage Guided, Globe Style Valve body] with 
a Cv of 236 and corresponding XT value of 0.69.  

The surge control line [SCL] chosen is taken as 
10% on the surge flow rate at each speed and the 
corresponding polytropic head. 

The Gas Properties are as follows for the suction 
and discharge flange conditions, 

 Table 2. Gas Properties at Flange Conditions 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

The compressor parameters are as follows, 

Table 3. Compressor Parameters 

 

 

 

 

 

 

Performing calculations for all cases, with the ap-
proximation that heat losses are negligible, ASV 
discharge side piping and compressor suction side 
DP is negligible, the ASV outlet pressure is nearly 
equal to the compressor inlet pressure, the re-
sults are shown below, 

Table 4. ASV Sizing Cases – Surge Points 

 

 

Parameter Mol	% 

Methane [CH4] 94.09 

Ethane [C2H6] 0.03 

Propane [C3H8] 0.02 

Nitrogen [N2] 3.93 

Carbon Dioxide [CO2] 0.96 

Water [H2O] 0.97 

Total 100 

Parameter Value Units 

Gas MW 16.81 
kg/

kmol 

Suction Pressure 11.61 bara 

Suction Temperature 47.5 0C 

Discharge Pressure 30.13 bara 

Discharge Temperature 143.0 °C 

Inlet Z [Z1] 0.9810 - 

Outlet Z [Z2] 0.9848 - 

Speci ic Heat of Gas - Inlet 1.3229 - 

Suction Density 7.464 kg/m3 

Discharge Density 14.868 kg/m3 

Actual Volumetric Flow 7,611 Am3/h 

Inlet Mass Flow 56,809 kg/h 

Parameter Value Units 

Polytropic Head 17,333 m 

Polytropic Ef iciency 79.71 % 

Power Consumed 3,365 kW 

Polytropic Head Factor 1.0009 - 

Polytropic Exponent 1.3839 - 

Parameter 
Min	
Surge 

Max	
Surge 

Units 

Qs 2,683 6,471 
Am3/

h 

rs 7.46 7.46 
kg/
m3 

M 20,028 48,295 kg/h 

PD 17.44 36 bara  

Discharge DP 0.35 0.35 bar  
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Table 5. ASV Sizing Cases – Choke Points 

 

 

 

 

From the Cv values calculated, the governing case 
becomes the Min Speed surge point case.  

   (39) 

Hence the selected 4” control valve with a Cv of 
236 and XT of 0.69 is adequately sized to provide 
anti-surge control. 

Transient Study to Verify ASV Sizing 
With the ASV size selected, a transient study is 
performed to check for ASV adequacy. Centrifu-
gal compressors during shutdown experience 
surging and the ASV must be able to provide suffi-
cient cold recycle flow to keep the operating 
point away from the SLL as the compressor 
coasts down.  

Normal shutdown [NSD] refers to a planned 
event where the anti-surge valve is opened first 
by 100%, prior to a compressor trip. An emer-
gency shutdown [ESD] is an unplanned event, 
where for example, upon loss of driver power, 
the ASV opens quickly to recycle flow and pre-
vent the operating point from crossing the SLL 
during coast down. For this tutorial, the ESD case 
considered is “Driver trip” where the compressor 
driver experiences a sudden loss of power. 

To simulate the transient case, the air cooler and 
suction scrubber can be sized with preliminary 
estimates to cater to maximum speed choke flow 
case. 

Suction Scrubber Volume 

Using GPSA K-Value method for suction scrubber 
sizing, Ref [3], for a flow rate of 67,932 kg/h and 
11.61 bara operating pressure, the H ´ D size is 
6.9m ´ 2.3m with an ellipsoidal head and inside 
dish depth of 0.25m. The total scrubber volume is 
30.1 m3. 

Air Cooler Volume 

Similarly, the air cooler is sized for maximum 
speed choke flow case, Ref [4], for a flow rate of 
67,932 kg/h & duty of 4,351 kW. The overall heat 
transfer coefficient [U] is assumed to be 25 W/
m2.K. The inlet  

ASV Inlet P1 17.09 35.99 bara 

ASV Outlet P2 11.61 11.61 bara 

ASV DP 5.48 24.38 bar 

Cooler Outlet T 323.15 323.15 0K 

ASV Inlet Z 0.9732 0.9465 - 

ASV Inlet Cp/Cv 1.3348 1.3781 - 

XT 0.69 0.69 -  

ASV Outlet Fk 0.9534 0.9843 - 

X 0.321 0.677 - 

XTP 0.690 0.690 - 

Flow Condition 
Subcriti-

cal 
Subcriti-

cal - 

Cv,	Min 113 110 ‐ 

Cv,	Min	[Q	x	1.8] 203 198 ‐ 

Cv,	Max	[Q	x	2.2] 248 242 ‐ 

Parameter 
Min	
Choke 

Max	
Choke 

Units 

Qs 4,805 9,102 
Am3/

h 

rs 7.46 7.46 kg/m3 

M 35,860 67,932 kg/h 

PD 14.77 25.45 bara  

Discharge DP 0.35 0.35  bar 

ASV P1 14.42 25.10 bara 

ASV P2 11.61 11.61 bara 

ASV DP 2.81 13.49 bar 

Cooler T 323.15 323.15 0K 

ASV Inlet Z 0.9769 0.9615 - 

ASV Inlet Cp/Cv 1.3279 1.3511 - 

XT 0.69 0.69  - 

ASV Outlet Fk 0.9485 0.9651 - 

X 0.195 0.537 - 

XTP 0.690 0.690 - 

Flow Condi-
tion 

Subcriti-
cal 

Subcriti-
cal - 

Cv,	Choke 286 229 ‐ 
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temperature is 1420C which is cooled to 500C 
with an air side temperature of 350C. The air cool-
er geometry is a single tube pass with 3 tube rows 
& each tube is 9.144m in length. The fan & motor 
efficiencies are taken as 75% and 95% respectively. 
With this data, the air cooler has a tube OD of 
1” [0.0254m] and total 307 tubes [Tube volume of 
1.423 m3]. 

Compressor Coast down 

Coast down time is influenced by a number of fac-
tors including fluid resistance, dynamic imbalance, 
misalignment between shafts, leakage and improper 
lubrication, skewed bearings, radial or axial rub-
bing, temperature effects, transfer of system stress-
es, resonance effect to name a few and therefore in 
reality, shutdown times can be lower than estimat-
ed by the method shown below. 

The decay rate of driver speed is governed by the 
inertia of the system consisting of the compressor, 
coupling, gearbox and driver, which are counter-
acted by the torque transferred to the fluid. Ne-
glecting the mechanical losses, the decay rate can 
be estimated as, 

                   (42) 

Where, ‘N0
’ is the speed before ESD, ‘J’ is the total 

system inertia, ‘k’ is fan law constant and ‘t0
’ is time 

at which the ESD is initiated. The total system iner-
tia is taken as 108 kg.m2.  

 

 

 

 

 

 

 

 

Figure 4. Compressor Coast down Time 

From the curve, the compressor is expected to 
reach a standstill in ~124 sec. 

ESD and NSD Analysis 

With the equipment volumes, ASV Cv chosen and 
compressor speed decay rate imposed, an ESD and  

NSD analyses is performed to track operating 
point during coast down. 

 

 

 

 

 

 

 

Figure 5. ESD/NSD Operating Point Migration 

From the analysis 4” [Cv 236] ASV is sufficient to 
prevent surge during ESD and NSD. 
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A Crucial Parameter to Consider 

One of the most important aspects of designing a 
refrigeration system is the selection of an optimum 
evaporating temperature for the application at 
hand. This criterion has a domino effect on other 
parameters such as suction & discharge pressures, 
current consumption, refrigeration capacity & mass 
flow rate. Although each parameter is crucial to 
the system in its own way, this article delves into 
how the capacity of the compressor is affected by 
variations in the evaporating & suction tempera-
tures, which in turn is governed by the refrigerant's 
pressure at saturation. 

A Box of Secrets 

Datasheets from compressor manufacturers reveal 
an extensive amount of hidden information if 
looked upon with a curious eye. One such example 
is of a German compressor manufacturer, SECOP, 
whose specification sheets personifies this point. 
An excerpt from one such sheet for an R290 recip-
rocating compressor [table below] highlights the 
capacity variation at two separate condensing tem-
peratures. Table A represents the capacities at a 
condensing temperature of 45°C & table B repre-
sents those at 55°C. The vapour specific volume 
column was not part of the specification sheet and 
was added to better explain the concepts below. 

Off the bat, the most striking variation that one 
would notice is the evaporating temperature as a 
function of compressor capacity. Graphing this re-
lationship separately for both specified condensing 
temperatures helps ease our analyses. 

 

 

 

 

 

 

 

 

Reiterating the analyses of the graph, the com-
pressor’s capacity increases with an increase in 
evaporating temperature. We will now try to un-
cover the reason for this trend. 

Simplified Representations for the Win 

A higher evaporating temperature would mean 
that the system is functioning at a higher evapo-
rating pressure. Since the entire evaporator & 
suction line is exposed to this same pressure 
(assuming no drop), its effect has a profound im-
pact on the molecules of gas in the suction line. 
The diagram below is a simplified representation 
of reciprocating compressor arrangement execut-
ing a suction stroke at an evaporating tempera-
ture of -35°C at its respective saturation pressure 
[for simplicity, let us assume that only saturated 
vapour is entering the compressor with no super-
heat]. 

 

 

 

 

 

 

 

 

 

Let us look at the same arrangement when the 
system is functioning at a higher evaporating tem-
perature (-5°C) & higher evaporation pressure 
(saturation pressure of R290 at -5°C). 

Impact of Suction, Evaporating Tem-
peratures & Pressures on Refrigerant 
Compressor Capacity 
Reuben Abraham 
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The space occupied by the R290 gas molecules at 
the -35°C configuration is greater than that occu-
pied by the molecules at -5°C [at their correspond-
ing saturation pressures]. The higher overall pres-
sure in the evaporator & suction line causes the 
molecules to arrange themselves in a closely 
packed condition with each other due to the com-
pressible nature of gas molecules in general. Let us 
isolate the compressor representations of the 2 
configurations for comparison 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Graphing Things Make Them Simpler to Un-
derstand 

A look at the saturation properties of the refriger-
ant under consideration (R290) paints a clearer 
picture of this scenario. 

 

 

 

 

 

 

 

 

 

 

 

At saturation, the specific vapour volume of gase-
ous R290 drops from 0.3121 m3/kg to 0.1122 m3/
kg when its saturation temperature is raised from 
-35°C to -5°C corresponding to their respective 
saturation pressures.  

The lower specific volume of the molecules at the 
-5°C condition causes a very dense refrigerant 
vapour to enter the compressor in its suction 
stroke. Hence more mass of refrigerant flows into 
the compressor during this stroke than during the 
-35°C case. This is a direct implication that the 
mass flow rate handled by the compressor at -5°
C is much greater than that at -35°C, at the same 
condensing pressure/temperature. This is easy to 
visualize with the help of a graph [evident from 
the spec sheet]. 
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Observe that the mass flow handled by the com-
pressor is higher for the 45°C condensing temper-
ature configuration. This is because the compres-
sor needs to compress the refrigerant to a lower 
pressure compared to the 55°C configuration be-
fore returning for the suction stroke. Thereby exe-
cuting the suction & discharge strokes faster and 
hence handling more refrigerant in the process. 

The greater mass of molecules handled by the re-
frigerant in the suction stroke [for the -5°C config-
uration] signifies that as the compression stroke 
begins, the compressor will need to do more work 
compared to the -35°C configuration. This is char-
acterized by the increase in input power of the 
compressor & the amp draw of the compressor 
with an increase in evaporating temperature. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Suction gas behaviour at Super-heated Con-
ditions 

Beyond saturation i.e. in the superheated state, a 
rise in suction temperature is associated with 
an increase in specific volume at a constant pres-
sure. This is because the gas expands as it absorbs 
heat while the pressure in the suction line is main-
tained constant. This means that the capacity of the 
compressor decreases with higher superheat, but 
its current consumption lowers due to the lower 
mass of vapor entering the suction stroke. Alt-
hough superheat  

Although superheat is an absolute necessity to 
ensure only vapour enters the compressor, it has 
negative implications on refrigeration capacity as a 
side effect. This variation in the specific volume of 
the refrigerant at constant pressure, as a compari-
son to that at varying pressures, needs to be un-
derstood to get a thorough grasp of what is hap-
pening inside the system. This trend is clear upon 
close analysis of the super-heated properties of 
the refrigerant.  

 

 

 

 

 

 

 

 

 

 

 

A Balancing Act 

It is clear, that working at elevated evaporating 
temperatures & pressures could improve com-
pressor capacity. The evaporating temperature is 
usually selected by maintaining a dT of about 10°
C to 12°C from the target temperature that we 
need to maintain in the refrigerated space. How-
ever, raising the evaporating temperature signifi-
cantly, in the name of increasing its compressor 
capacity does not always correlate to improved 
performance in practice.  

If the refrigerant evaporates at a significantly high-
er temperature than the designed evaporating 
temperature, the cooling needs of the room may 
not be met. This is due to the lower delta T be-
tween the room & the refrigerant. So, there is a 
fine balancing act that needs to be made to ensure 
the best results. 

In the case of expansion valves sensing superheat 
values from downstream of the evaporator, the 
suction temperature is usually maintained con-
stant. But in certain cases where the load rises 
greater than designed limits, there will be a rise in 
suction temperature that correlates to higher dis-
charge temperatures when functioning at elevated 
evaporating temperatures. 

For capillary systems, the effect is more critical. 
As the higher evaporating temperature  
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proportionally raises the suction temperature due 
to a lack of regulating valves in between like the 
TXV or EEV. 

In the case of capillary systems, raising the evapo-
rating temperature & pressure, raises the suction 
pressures & a proportional rise in discharge pres-
sures are noticed. This may knock the pressures 
outside the envelope of the compressor. 

An interesting trend that I have noticed in my ex-
perience with capillary systems is that if the suction 
pressure is raised slightly from its designed point 
(by reducing the capillary length), it is possible to 
achieve a so-called "sweet spot" that helps achieve 
the initial pull down time faster than the usual con-
figuration. But any further increase may put the 
system into imbalance. It is a fine range of opera-
tion that needs to be discovered. 
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Introduction 

The downstream industry faces a transition period 
where the focus of the players is changing from 
transportation fuels to petrochemicals aiming to 
ensure maximum added value to processed crude 
oils as well as to allow the growth of low carbon 
energies in the global energetic matrix.  

The growing market of petrochemicals have been 
lead some refiners to look for a closer integration 
between refining and petrochemicals assets aiming 
to reach more adherence with the market demand, 
improve revenues, and reduce operation costs. In 
this business environment, flexible refining technol-
ogies like Fluid Catalytic Cracking (FCC) reach 
highlighted position in the strategy of the refiners 
to reach competitiveness in the market. Recent 
technology developments like additive manufactur-
ing (3 D printing) can deeply change the transpor-
tation fuels demand as well as the growing practice 
of home office like demonstrated in the current 
COVID 19 crisis, facing this scenario, the look for 
alternatives to transportation fuels can be trans-
formed in a survival question to refiners in middle 
term and the petrochemicals can offer an interest-
ing alternative. 

Taking into account the current scenario and the 
forecasts, is expected a great contribution of FCC 
units to the economic sustainability of down-
stream industry, mainly related to the maximiza-
tion of petrochemicals from bottom barrel 
streams. 

Residue Fluid Catalytic Cracking Technolo-
gies 

Residue upgrading technologies aim to raise the 
H/C ratio in the bottom barrel streams through 
hydrogen addition or carbon rejection. Among 
the technologies that apply the carbon rejection 
principle, the Fluid Catalytic Cracking (FCC) is 
one of the most widely employed and which add 
more value to the refiners. Figure 1 presents a 
simplified process scheme of a conventional fluid 
catalytic cracking process.  

The typical feed streams to fluid catalytic cracking 
units are gas oils from vacuum distillation. Howev-
er, some variations are found as the use of heavy 
coker naphtha, coker gas oils and deasphalted oil 
from solvent deasphalting units, according to the 
adopted refining scheme.   

Deep Conversion of Bottom Barrel 
Streams – Residue Fluid Catalytic 
Cracking (RFCC) Technologies 
Marcio Wagner 

Figure 1 – Schematic Process Flow Diagram for a Typical Conventional Fluid Catalytic Cracking Unit (FCC) 
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One variation of the fluid catalytic cracking that has 
been widely applied in the last years is the Residue 
Fluid Catalytic Cracking (RFCC). In this case, the 
feed stream to the process is basically the bottom 
stream from the atmospheric distillation column, 
called atmospheric residue, that have high carbon 
residue and higher contaminants content like met-
als, nitrogen, and sulfur.  

Due to the feed stream characteristics, the residue 
catalytic cracking units require design and optimiza-
tion changes. The higher levels of residual carbon 
in the feed stream lead to higher temperatures in 
the catalyst regeneration step and a lower catalyst 
circulation rate to keep the reactor in constant 
temperature, this fact reduces the catalyst/oil ratio 
that leads to a lower conversion and selectivity. To 
avoid these effects, the RFCC units normally rely 
on catalyst coolers, as presented in Figure 2.  

Installation of catalyst cooler system raises the pro-
cess unit profitability through the total conversion 
enhancement and selectivity to noblest products as 
propylene and naphtha against gases and coke pro-
duction, furthermore, helps the refinery thermal 
balance, once produces high-pressure steam. The 
use of catalyst cooler is also necessary when the 
unit is designed to operate under total combustion 
mode, in this case, the heat release rate is higher 
due to the total burn of carbon to CO2, as pre-
sented below.   

C + ½ O2 → CO (Partial Combustion)  ΔH = - 27 
kcal/mol 

C + O2 → CO2 (Total Combustion)       ΔH = - 
94 kcal/mol 

 

 

In this case, the temperature of the regeneration 
vessel can reach values close to 760 oC, leading 
to higher risks of catalyst damage which is mini-
mized through catalyst cooler installation. The 
option by the total combustion mode needs to 
consider the refinery thermal balance, once, in 
this case, will not the possibility to produce steam 
in the CO boiler, furthermore, the higher tem-
peratures in the regenerator requires materials 
with noblest metallurgy, this raises significantly the 
installation costs of these units.  

As pointed earlier, the feed streams characteris-
tics to RFCC units require modifications when 
compared with the conventional fluid catalytic 
cracking. The presence of higher content of nitro-
gen compounds leads to an accelerated process of  
catalyst deactivation through acid sites neutraliza-
tion, the presence of metals like nickel, sodium, 
and vanadium raise the coke deposition on the 
catalyst and lead to a higher production of hydro-
gen and gases, besides that, reduces the catalyst 
lifecycle through the zeolitic matrix degradation. 
Beyond these factors, heavier feed streams nor-
mally have high aromatics content that are refrac-
tory to the cracking reactions, leading to a higher 
coke deposition rate and lower conversion.    

Due to this operation conditions, the residue fluid 
catalytic cracking units presents higher catalyst 
consumption when compared with the conven-
tional process, this fact raises considerably the 
operational costs of the RFCC units. However, 
the most modern units have applied specific cata-
lysts to process residual feed streams, in this case,  

Figure 2 – Catalyst Cooler Process Arrangement for a Typical RFCC Unit 

(Handbook of Petroleum Refining Processes, 2004) 
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the catalyst has a higher porosity aiming to allow a 
better adaptation to the high aromatics content, 
furthermore, the catalyst needs to have a higher 
metals tolerance.   

The control of contaminants content in the feed 
stream or his effects is a fundamental step to the 
residue fluid catalytic cracking process. Sodium 
content can be minimized through an adequate 
crude oil desalting process and the effects of nickel 
(dehydrogenation reactions) can be reduced by 
dosage of antimony compounds that act like neu-
tralizing agent of the nickel dehydrogenation activi-
ty, reducing the generation of low added value gas-
es, in its turn, the vanadium effects can be con-
trolled through the addition of rare earth to the 
catalyst, like cerium compounds.  The addition of 
these compounds needs to be deeply studied once 
raises significantly the catalyst cost. 

The use of visbreaking units to treat the feed 
streams to RFCC units  is a process scheme adopt-
ed by some refiners, in these cases, the most signif-
icant effect in the reduction in the residual carbon, 
however, due to his higher effectiveness, the ten-
dency in the last decades is to treat the bottom 
barrels streams in deep hydrotreating or hy-
drocracking units before to pump for RFCC units, 
with this processing scheme it’s possible to achieve 
lower contaminants content, mainly metals, leading 
to a higher catalyst lifecycle.  Furthermore, the hy-
droprocessing has the advantage of the reduction 
of the sulfur content in the unit intermediate 
streams, minimizing the necessity or severity of 
posterior treatments, a clear disadvantage of this 
refining scheme is the high hydrogen consumption 
that raises significantly the operational costs.  

 

Like to the conventional FCC units, the main op-
erational variables to RFCC units are the reaction 
temperature, normally considered in the highest 
point in the reactor (also called riser), feed 
stream temperature, feed stream quality, feed 
stream flow rate and catalyst quality. It’s relevant 
to quote that the conventional FCC units can 
process atmospheric residue as the feed stream, 
however, it’s necessary to control the contami-
nants content, mainly metals, which requires pro-
cessing lighter crudes with higher costs that raise 
the operational costs and reduces the flexibility of 
the refiner in relation of the crude oil supplier.  

The other steps of the residue fluid catalytic 
cracking (RFCC) are essentially the same to the 
conventional fluid catalytic cracking (FCC), Figure 
3 shows a process scheme for a typical gases re-
covery section of fluid catalytic cracking units.  

Some of the most relevant residue fluid catalytic 
cracking technologies available commercially are 
the R2R™ by Axens Company, the INDMAX™ 
process licensed by McDermott company and the 
RxPro™ process developed by the UOP Compa-
ny.   

Due to the current tendency of reduction in the 
transportation fuel consumption, especially by the 
developed countries, the fluid catalytic cracking 
units (FCC) and residue catalytic cracking (RFCC) 
have been optimized to maximize the yields of 
petrochemical intermediates, mainly propylene, 
against the transportation fuels intermediates 
(naphtha and LCO). Figure 4 shows a block dia-
gram to the PetroFCC™ technology developed 
by UOP Company aiming to maximize the  

Figure 3 – Process Flow Diagram for a Typical Gases Separation Section of Fluid Catalytic 

Cracking Units (FCC/RFCC) 
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petrochemical intermediates production, other 
available technologies are the HS-FCC™ process 
developed by Axens Company and the Maxofin™ 
technology by KBR Company. 

The fluid catalytic cracking units have a key role in 
the current scenario of the downstream industry, 
once allow a closer integration between refining 
and petrochemical processes in view of the afore-
mentioned tendency of reduction in the transpor-
tation fuels demand, making that the petrochemical 
sector be responsible to sustain the crude oil de-
mand in the next decades. 

Conclusion 

Beyond the tendency of reduction in transporta-
tion fuels demand, the necessity to meet environ-
mental regulations like IMO 2020 requires a strong 
reduction of contaminants content in residual 
streams to produce commercial bunker. In the first 
moment, there is a tendency of the bunker market 
be partially supplied by diesel or bottom barrel 
streams with low sulfur content leading to a raising 
in the diesel prices and a devaluation of the high 
sulfur content fuel oil. This scenario can pressure 
the refiners with low bottom barrel conversion 
capacity to carry out capital investments to im-
prove the production of high added value deriva-
tives. In this sense, the residue fluid catalytic crack-
ing technologies (RFCC) can be attractive alterna-
tives, once allow a better balance between the flex-
ibility in relation of the quality of processed crude 
oil (heavier and cheaper crude oils), high yields of 
petrochemical intermediates and production of low 
contaminants content derivatives which contributes 
to enhance the refining margin.     
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A Pragmatic Theoretical Basis 

A previous article entitled “REACTOR PROBLEM 

SOLVING PART 1” dealt with temperature control 

in a continuous stirred tank reactor. Temperature 

control in a batch reactor has some similarities, but 

is radically different in most aspects. The similari-

ties are associated with the fact that the basic heat 

transfer and mixing relationships apply to batch 

reactors as well as continuous reactors. In addition, 

the same guidelines associated with the heat of re-

action are valid. That is – essentially all reactions 

have a heat of reaction and 85 – 90 % of reactions 

are exothermic. However, there are some major 

differences such as: 

 The most significant heat removal problem 

normally occurs at startup of the reactor when 

a reactant is introduced to the reactor. This 

occurs because the initial reaction is rapid and 

the reactant being introduced often reacts as it 

enters the reactor. 

 Since unsteady state is involved, the thermal 

capacity of the reactor must be included. This 

includes both the coolant in a jacketed reactor 

and the reactor metal as well as the reactor 

contents. 

 The heat of reaction can sometimes be used to 

get the reaction to the desired temperature as 

part of a hold period.  

These differences make the estimation of the tem-

perature of a reactor over time more complicated. 

This complication along with time pressures often 

lead to viewing these calculations as too complicat-

ed. This viewpoint often causes the engineer to  

resort to rule of thumb and/or guessing what the 

reactor temperature response over time will be. 

This paper illustrates how using a fundamental and 

simplified approach can overcome this tendency. 

 

Because of the preponderance of exothermic re-

actors, the thrust of this article is on these reac-

tors. While this illustration is totally fictious, it 

mirrors a similar situation that occurred in real 

life. The basic concept for considering unsteady 

state operations is equation (1) shown below: 

 

AD = I - O - RD   

 (1) 

   

Where: 

AD = Rate of accumulation. This could be accu-

mulation of anything - level, heat, or reactant. 

I = Inflow of material or heat. 

O = Outflow of material or heat. 

RD = Removal/addition of heat, or formation/

destruction of material by reaction. 

 

This relationship can be used as a building block 

for all unsteady state considerations from some-

thing as simple as the change of level in an accu-

mulator to the development of complicated dy-

namic models. This article emphasizes using this 

approach for the development of simple, but ac-

curate dynamic models associated with removing 

heat from a batch reactor.  

If it is considered desirable to build a dynamic 

model of the unsteady state process, all physical  

Batch Reactor Temperature Control 
Joe Bonem  
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components of the system must be considered. 

For example, with steady state, the heat capacity 

of the process vessel is correctly never consid-

ered. However, for unsteady state heat balances, 

the heat capacity of the vessel (walls and con-

tents) must be considered and will often be a 

moderating influence. This moderating influence 

will cause the rate of temperature change to be 

less than calculated if the heat capacity of the ves-

sel is ignored. The dynamic model should be kept 

simple by use of the perfectly mixed vessel or 

plug flow assumptions where appropriate, use of 

lumped parameter constants (such as overall heat 

transfer coefficients), and an assumptions of uni-

form metal temperature. There are 2 possibilities 

for the assumption of uniform metal tempera-

tures. They are: 

 Ignoring the thermal capacity of the reactor 

metal. This is generally the most conservative 

approach. 

 Including the thermal capacity of all the reac-

tor metal. This will give a less rapid estimated 

rise in temperature. However, since it uses all 

the reactor metal it does not take into ac-

count that the reactor is only partially filled. 

 The problem discussed in this paper gives an ex-

ample of both cases. It shows how an incorrect 

assumption of the thermal capacity creates a po-

tential for overheating the reacting mixture.  

Batch Reactor Design Example 

A batch reaction was carried out successfully in 

the laboratory using a small reactor cooled in an 

ice bath. The reaction between component A and 

component B was determined to be exothermic 

with a heat of reaction equal to 200 BTU/lb of 

component B added. It was also determined that  

100% of Component B reacted instantaneously as 

it entered the reactor. Experimental results indi-

cated that in order for the product to have the 

desired quality the component B should be added 

quickly. The minimum rate of addition was 0.76 

lbs/hr of component B/ lb of component A.  It 

was also determined from laboratory data that at 

a temperature above 180ºF that an undesirable 

secondary reaction took place.  

It was desirable to scaleup using an existing reac-

tor with a water-cooled jacket. It was also desired 

to produce the product with a batch size of at 

least 1400 lbs/batch. The existing reactor is a ver-

tical vessel  3 feet in diameter and 5 feet tangent 

to tangent with a water-cooled jacket on the 

straight side. Other physical and chemical bases 

are as follows: 

Reaction: A+B   C 

 

   A B C 

Molecular Weight 25 40 70 

Density lbs/gal  8 7 7 

Molar Density mols/gal .32 .156 .1 

Lbs   524 944 1468 

 

Reactor Wall thickness, inches 0.5  

Dished Head Vol, ft3   3.5 

Dished Head wt., lbs  200 

Cooling Water Temperature 90ºF 

Initial Reactor Temperature 100ºF 

Jacket Heat Transfer Coefficient to Liquid 

BTU/Ft2 -ºF-hr  50 
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Specific Heat BTU/lb-ºF 

Contents              0.6 

Water   1.0 

Metal   0.12 

The design question to be considered is will this 

reactor be adequate. With the physical and chemi-

cal parameters shown and the flow rate of compo-

nent B set at an hourly rate of 0.76lbs/lb of Com-

ponent A will the temperature limit of 180ºF be 

exceeded? The calculation approach is shown as 

follows: 

If initially, the heat generated is greater than the 

heat removal capability, then there is a risk of the 

reactor temperature getting above 180ºF. This can 

be stated mathematically as follows: 

Qg > (Qr) max     (2) 

Where: 

        Qg = The rate of heat generation, BTU/hr. 

        (Qr) max = The maximum rate of heat re-

moval, BTU/hr. 

Qg = ΔHR * R     (3) 

(Qr) max = U * A * (TR - TC)   (4) 

Where: 

 ΔHR = The heat of reaction, BTU/lb. 

 R = Rate of reaction. For the case of an in-

stantaneous reaction, it is the rate of reac-

tant addition, lbs/hr. 

 U = The heat transfer coefficient, BTU/hr-°F-

ft2. 

 A = The heat transfer area, ft2.  

 TR = The temperature of the reactor, °F. 

 TC = The minimum temperature of the cool-

ant, °F.  

Note that equation (4)   has been simplified from 

the traditional heat transfer equation that involves 

use of a logarithmic relationship. This is valid for 

this particular case since the coolant is flowing 

through the reactor jacket at a high rate with 

minimal increase in temperature. The tempera-

ture to be used is the minimum coolant tempera-

ture. It is assumed that the control system will 

react to provide the minimum coolant tempera-

ture possible. In addition, because the reactor 

vessel is well mixed, the reactor temperature 

throughout the vessel is constant at any point in 

time. 

For a batch reactor equations (3) and (4) can be 

combined and a heat accumulation term can be 

added to take into account the unsteady state 

nature. In addition, any heat accumulation will 

cause an increase in the temperature of the reac-

tor. The equations below represent this situation. 

AC = ΔHR * R - U * A * (TR - TC) (5) 

AC = W * CP * dT/dϴ   (6) 

Where: 

 AC = The heat accumulation, BTU/hr. 

 W = The weight of material (metal, wa-

ter, reactants), lbs. 

 CP = The average specific heat of materi-

al, BTU/lb-°F. 

 dT/dϴ = The rate of temperature rise, °F/

hr. 

An examination of equation (6) will allow intro-

duction to a term called “heat capacity”. Heat 

capacity is the weight of a material multiplied by 

the specific heat or W * CP . When the heat ac-

cumulation is divided by this term, the rate of 

temperature rise can be calculated. 
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Since the reaction of the reactant being pressured 

into the reactor is  instantaneous, the heat gener-

ated (ΔHR * R), depends only on the rate of reac-

tant addition.  Equation (5) and (6) can be com-

bined to give equation (7) as shown below: 

W*Cp*DT/dϴ = ΔHR * R - U * A * (TR - TC)         (7) 

When considering equation (7), it will be recog-

nized that as the reactor temperature increases, 

the amount of heat that is removed from the re-

actor also increases. This means that the reactor 

temperature will increase to a maximum and then 

begin to decrease unless the coolant rate is re-

duced. This is expressed mathematically by a deri-

vation from equation (7) as shown in equation (8). 

DT/dϴ = (ΔHR * R - U * A * (TR - TC))/ (W*Cp )   (8) 

In equation (8), the total weight of the con-

tents of the reactor and the area covered by 

the liquid is a function of time of addition of 

Component B as discussed as follows: 

Weight of reactor contents – This will be the 

initial fill of Component A plus a time depend-

ent amount  of Component B. 

Weight of Coolant – Since the assumption is 

that the water rate is so high that the coolant 

temperature does not change this can be ig-

nored. 

Weight of metal – The total weight of the 

metal can be easily calculated. However, to be 

theoretically correct, calculations must include 

the weight of the metal in contact with both 

the gas and liquid. The heat transfer between 

the reactor wall and liquid is different than the 

heat transfer between reactor wall and gas. 

The split between the weight of the reactor in 

contact with the gas phase and liquid phase  is 

a time dependent function. The example given  

in this paper shows how these two assump-

tions can be used to develop the boundary 

conditions for the impact of this variable. 

Area (A) – This depends on the amount of 

straight side of the vessel that is covered with 

liquid. 

The desirable design result is that component B is 

added at the specific rate (400 lbs/hr in this case) 

and the maximum temperature will remain below 

180ºF. As this maximum temperature is reached, 

the control system will begin to reduce the cool-

ant rate and control the temperature at the de-

sired level. Equation (8) along with a spreadsheet 

can be used to evaluate whether the reactor will 

perform as desired.  

If it is assumed that the total weight of the metal 

in contact with the reactor liquid and vapor is at 

the temperature of the liquid, Figure 1 describes 

the temperature vs time profile. As shown in this 

figure, the reactor temperature peaks at about 

175ºF somewhat below the maximum tempera-

ture specification of 180ºF.  

One of the key guidelines in engineering is “Check 

Your Assumptions”. The critical assumption in 

this calculation is that all of the metal reached the 

temperature of the reactor contents. It is unlikely 

that this will occur since the heat transfer coeffi-

cient of vapor in contact with the metal will be 

very low. There is also a second assumption that 

can be made. It can be assumed that the total 

weight of the metal is constant at the temperature 

of the coolant. In this case, only the content of 

the liquid in the reactor is included in the reactor 

heat capacity. Figure 2 illustrates both of these 

assumptions and is summarized below: 
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 If the total metal heat capacity is included, the 

maximum reactor temperature is 175ºF . 

 If the metal heat capacity is not included, the 

maximum reactor temperature is 187ºF. Since 

this violates the maximum temperature crite-

ria of 180ºF, the reactor would likely not per-

form as desired. 

Since one of the boundary conditions appears to 

produce acceptable results and one does not, the  

most conservative answer is to conclude that the 

reactor is not acceptable. A review of the maxi-

mum temperature or addition rate criteria might 

allow use of the reactor. For example, decreasing 

the addition rate from 0.76 to 0.66 would result 

in a maximum temperature of 179ºF even at the 

most conservative conditions. Thus, this careful 

study of the reactor design, might indicate that 

further research was desirable. 
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Fixed Valve trays were first published and paten- 

ted by Nutter in 1967. After some improvements 

in scale and development of NC-machinery, they 

gained technical relevance in the 1990s. 

 

Therefore they are the most recent, technical re- 

levant development in contact elements of trays. 

On a distillation tray vapor enters liquid and forms 

a two-phase regime (bubbling, froth, spray). The 

tray types differ mainly in the way the vapor enters 

the liquid. 

 

The combination of “Fixed” and “Valve” is some- 

how contradicting. In principle the naming de- 

scribes a “static covered hole”. The gas passes the 

panel openings and is directed by the cover to the 

vertical outlet area (so-called curtain area). There-

fore the gas enters the liquid in hori- zontal direc-

tion. This feature reduces entrain- ment and in-

creases the capacity of the tray type compared to 

sieve trays. 

 

Some Fixed Valve types emphasize this feature by 

doming the Fixed Valve cover (see Fig. 1): 

 

 

Fig. 1: Domed cover 

This shape achieves an outlet vector of the gas 

flow of less than 90° to the vertical and helps to 

reduce entrainment. 

 

Another feature is the orientation of the Fixed 

Valve elements. To fix the cover to the tray panel, 

there are normally two “legs”. Both are oriented 

in flow direction: one is located on the upstream 

side of the element, one on the downstream side. 

At most of the Fixed Valves in the market, the 

width of the upstream leg is larger than the down-

stream one. There is a resulting pushing effect of 

the gas outlet to the liquid flow (see Fig. 2): 

 

 

 

 

 

Fig. 2: Pushing effect 

These two features increase gas and liquid ca- 

pacity. Therefore the Fixed Valves are often used 

for revamps. 

 

To support this pushing effect, there are some- 

times additional, special Push Valves on the tray. 

The gas outlet direction of these Push Valves is 

only in flow direction of the liquid. The combi- 

nation of Fixed Valves with push valves and special 

downcomers (truncated, sprouts, multi- chordal,  

How to... FIXED VALVE TRAY | Part 4  
How to design and optimize Fixed Valve Trays 
Dr.-Ing. Volker Engel 

Tower trays and internals are the heart of all distillation columns. Their design is an essential part of a 
process engineer’s task and determines the process reliability and economy. 

This article is the 4th part of a series on different kinds of trays and internals. 
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sloped, ...) are often called high perfor- mance 

trays. Suppliers have special brand names for 

these designs (e.g. ”SuperFrac”, “PlusTray”, ...). 

The production of Fixed Valves is quite easy: A 

punching tool cuts and bends the element at a 

time. The cover is part of the panel material. The 

lift height can be controlled by the punching ma-

chine. Important: The length of the element de-

pends on the lift height (see Fig. 3). 

 

 

 

Fig. 3: Punching process of Fixed Valves 

The lift of a Fixed Valve is limited by the pun- 

ching tool as well as by the mechanical proper- 

ties and material thickness of the panel material. 

The small scale valves (often called “Mini-valves”) 

with domed covers are normally limited to 2mm 

material thickness. 

The pitch of the Fixed Valves is also limited by the 

punching tool. The minimum spacing is defined by 

the individual tool dimensions. 

The tray spacing of Fixed Valve trays is normally 

about 450-500mm. It can be less, but due to in- 

spection and maintenance reasons this is a typical 

value. 

The costs of Fixed Valve trays are close to sieve 

trays (and significant less than float valve trays). 

Most of the suppliers keep their knowhow of 

Fixed Valve private. Therefore there are only few 

publications, data and models available. 

 

 

There are two Fixed Valve classes: The Round 

Shape (with brand names like VG0, VG10, ...) and 

the Trapezoid Shape (with brand names like LVG, 

MVG, MMVG, R-MV, ...). 

Within each class there are different sizes and 

different lift heights. To get an overview, the fol-

lowing list shows the most common types. 

The VG0 valve is one of the standard Fixed Valves 

in the market (see Fig. 4). Its cover is slightly 

domed and has a diameter of 29mm. 

 

 

 

 

 

 

Fig. 4: Round Fixed Valve 

For heavy duty applications (e.g. fouling ser- vice), 

there is a large variant (called e.g. VG10, see Fig. 

5) with a cover diameter of 35mm. It is often built 

in 3mm material thickness, therefore the cover 

has no doming. 

 

 

 

 

 

 

Fig. 5: Large, round Fixed Valve 

At the trapezoid shaped Fixed Valves, the so- 

called MVG (length about 35mm, upstream width 

18mm, downstream width 15mm) is the most 

common type (see Fig. 6). 

 

 

 

 

 

 

Fig. 6: Trapezoid Fixed Valve 

For heavy duty applications there is a trapezoid 
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of about 44mm (upstream width 32mm, down-

stream width 25mm). 

 

 

 

 

 

 

Fig. 7: Large, trapezoid Fixed Valve 

In the first patent of Nutter the dimension of the 

Fixed Valve element was significantly larger than 

the newer ones (see Fig. 8). It is called LVG and 

has a length of about 116mm. As it hardly can be 

manufactured on standard NC-punching machines, 

it is quite expensive and rare. 

 

 

 

 

 

 

Fig. 8: Long version of trapezoid Fixed Valve 

Contrary, there is a small version (brand name 

e.g. MMVG, see Fig. 9) with a length of about 

34mm (upstream width 13mm, downstream width 

10mm). 

 

 

 

 

 

 

Fig. 9: Small size, trapezoid Fixed Valve 

Another mini Fixed Valve is called R-MV and has a 

domed cover (see Fig. 10). 

 

 

 

 

 

 

 

 

Fig. 10: Mini Fixed Valve  R-MV 

Another type for heavy duty is the so-called 

ProValve (see Fig. 11). Its cover is not formed 

from the panel material, but is mounted as an ad-

ditional part. The opening in the panel has a diam-

eter of 39mm. 

 

 

 

 

 

 

Fig. 11: Fixed Valve with extra cover 

The Operation Area of a fixed valve tray is de- 

fined by different limits. In Fig. 12, a qualitative 

operation diagram is shown. Please note, that the 

position and shape of all curves depend on the 

physical data, the tray and downcomer geometry 

and the gas/liquid load. Each curve can be limiting! 

The first step in analyzing a design is – of course 

calculating all relevant parameters. For a Fixed 

Valve tray design there are 9 main parameters 

shown as curves in Fig. 12. These parameters are 

discussed in this article. There are some additional 

effects you will have to look at: entrainment, head 

loss at downcomer exit (clearance), flow regime, 

downcomer residence time, efficiency, sealing, 

construction issues, statics, … 

The Operation diagram of Fixed Valves is similar 

to this for sieve trays. The limiting curves are al-

most of the same type. Only the Blowing- curve 

of sieve trays is normally not part of an operation  
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diagram of Fixed Valves. The effect of Blowing at 

sieve trays describes the separation of the two-

phase layer from the tray panel and its lift off. This 

effect has not this relevance for Fixed Valve trays 

– this is due to the different gas entry direction of 

a Fixed Valve tray. 

 

The Operation Point (Op in Fig. 12) of the design 

case (as well as the minimum and maximum load) 

has to stay inside all limiting curves. 

 

For stable operation and good efficiency there is a 

useful operation area with narrower limits (e.g. 

80%-FFCF and 85%-FFJF curves). 

 

 

Please note, that all free suppliers’ software only 

show a limited number of these parame- ters and 

therefore are not save to use for de- sign, rating 

and troubleshooting of trays. For safe design you 

should be able to calculate all parameters! (e.g. 

software TRAYHEART OF WELCHEM) 

 

 

In the following sections, all 9 main parameter 

curves of Fig. 10 are described. Each suggested 

action for preventing a certain effect may result in 

fertilizing another. The main task for designing 

trays is to balance these different and contra- 

dicting effects. 

 

 

There is a system limit set by the superficial vapor 

velocity in the tower. When the vapor velocity 

exceeds the settling velocity of liquid droplets 

(„Stokes Law Criterion“), vapor lifts and takes 

much of the liquid with it. A well known model 

was published by STUPIN AND KISTER 2003. 

This flooding effect cannot be reduced by use of 

other tray types or by increasing tray spacing. 

 

The only way is to enlarge the vapor cross section 

area (e.g. enlarging tower diameter or reduce 

downcomer area). 

Fig. 12: Qualitative Operation Diagram for Fixed Valve trays 
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There are several definitions in literature for the 

so-called Jet Flood. Similar definitions are Entrain-

ment Flood, Massive Entrainment, Two- Phase 

Flood or Priming. For practical under- standing, 

Jet Flood describes any liquid carried to the tray 

above by the gas stream. This leads to a shortcut 

recycling of the liquid with loss of tray efficiency, 

additional pressure drop and additional downcom-

er load. For good tray performance, the Jet Flood 

value should be less than 75-80%. 

 

You can reduce Jet Flood by 

 

a. lowering the gas velocity (higher open area, 

i.e. more valve elements) 

b. enlarging the tray spacing 

c. lowering the froth height on the tray deck (by 

reducing weir height or weir crest height) 

d. enlarging the active area by sloping the down-

comers 

 

 

In most design cases there is specified a maximum 

allowable pressure drop of the tower.  

You have to ensure that the pressure drop per 

tray does not exceed a certain value. This leads to 

a limiting curve within the operation diagram. 

 

To reduce the pressure drop of a design, you can 

 

a. lower the gas velocity by enlarging the num-

ber of valve elements 

b. use small size Fixed Valves (at same or higher 

open area) 

c. lower the froth height on the tray deck (by 

reducing weir height or weir crest height) 

d. enlarge the active area (with place for more  

valve units) by reducing the downcomer area 

or sloping the downcomers 

 

 

This limiting effect is also known as Downcomer 

Backup Flood. It describes the (aerated) backup of 

the downcomer due to pressure drop effects. It is 

important to not mix this up with the Choke-

Flood-effects (ref. to 8). 

 

The level of the liquid in the downcomer is the 

result of (i) head loss at the clearance, (ii) the liq-

uid height on the outlet deck, (iii) an inlet weir (if 

present) and (iv) the pressure drop of the tray 

itself. All these effects can be expressed by “hot 

liquid height”. This resulting level in the down-

comer has to compensate these effects! Taking 

into account the aeration of the liquid in the 

downcomer, the level has to be less than tray 

spacing plus weir height. 

 

To reduce a high Aerated Downcomer Backup 

value you have to  

a. reduce the pressure drop of the tray (ref. to 

3)  

b. reduce the head loss of the clearance (use 

higher clearance height or radius lips or re-

cessed seal pans in case of insufficient sealing) 

c. avoid inlet weirs 

 

Please note, that it is no option to enlarge the 

downcomer area to reduce this flooding effect!  

 

 

Like on sieve trays, there is an operation limit by 

weeping. As the gas outlet area (”curtain area”) 

for standard size Fixed Valves is significantly larger 

(expressed by the hydraulic diameter of the  
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openings) than those of sieve holes, the weeping 

limit is similar or worse than that of sieve trays. 

To minimize weeping, you can 

a. reduce the number of elements (to achieve a 

higher gas velocity) 

b. use small-size (”mini”) Fixed Valve types 

 

 

 

The uniform thickness of the two-phase layer is 

essential for the successful operation of a tray. To 

achieve this uniform flow, the tray panels have to 

be in level and the outlet weir has to be installed 

accurately. 

To compensate small tolerances, the weir crest 

should be higher than 3mm and the weir load 

more than 9 m³/m/h. In case of low weir loads 

you will normally have to consider gasketing the 

tray to avoid any leakage and loss of liquid. 

To ensure these minimum values, you can use 

a. notched weirs 

b. blocked weirs 

 

 

In all types of trays the liquid must have a driving 

force to flow from the inlet to the outlet. As long 

as there is no gas driven flow, the hydraulic gradi-

ent is the main reason for liquid flow. 

Because the valve units are obstacles in the liquid 

flow pass, the hydraulic gradient has to be consid-

ered for valve trays, too. 

Why might the hydraulic gradient be a problem? 

At a high hydraulic gradient, the tray will not 

work properly (see Fig. 13): At the tray inlet the 

liquid “closes” the valves. The gas will use less 

liquid affected valves for passage. This leads to a 

gas maldistribution and a bad efficiency of the tray. 

Furthermore, if the liquid head of rows with high 

gradient gets too high, weeping occurs! 

 

 

 

 

 

Fig. 13: Gas Maldistribution 

To reduce gas maldistribution you have to 

a. reduce the number of valve rows (e.g. by 

switching to a design with more flow passes)  

b. cascade the active area 

 

 

The maximum liquid throughput of a down- 

comer is limited by the liquid velocity and the ef-

fect of overload (so-called Choke Flood). The 

maximum allowable liquid velocity in the down- 

comer depends on the density ratio of gas to liq-

uid, the tray spacing and the system factor. (The 

system factor describes the difficulty of phase sep-

aration. For common applications it is 1.0.) The 

most popular downcomer choke flooding calcula-

tion was published by GLITSCH 1993. 

 

Another effect of Choke Flood at center and off- 

center downcomers is initiated by the mutual in-

terference of the two liquid flows into the down-

comer. 

 

To prevent downcomer Choke Flood you have to 

a. enlarge the downcomer area 

b. implement more flow passes (with in sum an 

overall higher downcomer area) 

c. enlarge the tray spacing (if limiting) 

d. install anti-jump baffles for center / off-center 

downcomers 
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The maximum liquid flow handled by a down- 

comer can also be limited by the weir.  

 

If the weir crest exceeds 37mm or the weir load 

120 m³/m/h, the liquid will not enter the down- 

comer properly. 

 

To prevent overload of the weir, you have to ex-

tend the weir length by 

a. larger downcomers with longer weirs (or 

multichordal  downcomers) 

b. more flow passes 

c. swept back weirs at the side downcomers  

 

Conclusion 

There are multiple limiting effects that have to be 

considered at the design and operation of Fixed 

Valve trays. Fixed valves are comparatively new 

contact elements. As they can handle higher loads 

than sieve or float valve trays, they are often used 

for revamps but also for new towers. Together 

with special downcomer features and in combina-

tion with push valves, a classical Fixed Valve can 

be enhanced to a high performance tray. 
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In the late 1980’s, an explosion at a very large Cat-

alytic Cracking Unit (i.e., the FCU) in Norco, Loui-

siana, blew the large catalytic cracker fractionator 

over. It landed on the control room, and killed all 

six of the operators inside. 

 

What Happened 

An overhead carbon steel vapor line from the 

cracking unit depropanizer 6” line ruptured.  A  

vapor cloud of propane-propylene detonated, and 

blew the main fractionator (perhaps 16’ I.D. x 100’ 

T-T) off of its foundation, and killed six operators 

in the control room. 

 

A Litany of Errors 

The depropanizer overhead vapor consisted of a 

mixture of:  

 A few percent ethane. 

 A few percent H2S. 

 A few percent butanes. 

 About 40% propane. 

 About 50% propylene. 

 Saturated with water. 

The overhead vapors were at a pressure of roughly 

280 psig and 130°F.  All of the above is typical for 

this service. What was not typical was that the wa-

ter drawn from the reflux drum boot was acidic. 

Typically, the NH3 content of the Cracker Depro-

panizer Reflux Drum boot would be sufficient to 

result in a pH of 8 – 10. Why was this not the case 

here (the boot pH, prior to the addition of the 

neutralizer, was about 5 – 6 pH), is not known.  

The operating company had found that the over-

head condenser’s carbon steel tubes to be subject 

to high rates of corrosion. Thus, the tubes were 

changed to alloy. But, not the carbon steel vapor 

line upstream of the condenser.  To control cor-

rosion, a water injection point was installed up-

stream of the condenser. Water was injected 

through a “quill”. That is a piece of tubing, cut at 

an angle, and inserted just into the piping, up-

stream of an elbow (see Figure I) in the vapor 

line, feeding the condenser. 

 

 

 

 

 

 

 

 

 

 

Figure 1—Fluid Catalytic Cracker Unit Vapor Line 

Failure Due To Quill Location 

 

NH3 was added to this wash water to control the 

reflux drum water boot pH at about 7.5 – 8.0. 

The water was clarified Mississippi River water, 

without de-aeration. After several years of opera-

tion, the elbow blew-out and the catastrophe I 

described above, followed. 

What Went Wrong 

I inspected the failed elbow in the investigation lab  

Failure of Cat Cracker Catalytic Crack-
ing Unit 
Norm Lieberman  
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 and reviewed all of the internal documents in my 

role as an expert witness for the plaintiffs. Here is 

a tabulation of the concerns that I documented, in 

order of importance: 

1. A “Bete” or “Spraying Systems” spray or mist 

nozzle, should have been used. It was obvious 

from my inspection of the elbow failure pat-

tern, that the outer periphery of the water jet 

had absorbed much of the acidic components 

in the vapor. A groove had been eaten through 

the pipe wall exactly around the outer impinge-

ment area of the spray. Inside and outside of 

this ½” – 1” groove, the pipe was at its original 

thickness. 

2. The “quill” (i.e., the cut-off tubing), was point-

ing directly down at the failed elbow, which 

was about 30” below. The quill should have 

been in a horizontal run of line. 

3. If the company felt the need to change the con-

denser tubes from carbon steel to alloy tubes, 

why not the carbon steel piping upstream of 

the condenser as well? 

4. Why was the Catalytic Crack Depropanizer 

Overhead vapors acidic? Typically, towers in 

this service have a pH of 8 – 10 in the reflux 

drum water boot? The company  should have 

investigated this many years ago, at the start of 

operations, when they first observed the low 

pH problems of the water in the boot. 

5. The wash water should have been de-aerated 

water, not filtered river water from the Missis-

sippi, which contains corrosive dissolved oxy-

gen. 

6. The compnay had been advised – in writing – 

by their chemical treatment provider – of a 

potential problem in this service, a year or so 

before the failure. 

7. The company had a piping contractor design 

and install the quill. It did not receive a review 

from their local engineering organization, which  

I believe would have most likely specified a 

properly designed dispersion nozzle, and not a 

quill. 

In Retrospect 

Whenever I speak to a company engineer at one 

of my Refinery Troubleshooting Seminars, I al-

ways ask them, “Do you know what happened 

back in 1988, at the Catalytic Cracker Explosion 

in Norco,  

Louisiana, when all those operators were killed?” 

Almost always, they do not. So, I then say, “Those 

who do not study history, are condemned to re-

peat it.” 

Nitrogen in FCU Feed 

Unlike a crude tower, the overhead vapors of 

FCU fractionators and downstream towers, typi-

cally have enough NH3, due to the higher nitro-

gen content of the FCU feed, to cause the water 

in the reflux drum boot to be naturally basic. In 

crude towers (virgin service), we typically have to 

add NH3 or amine to the overhead, to prevent 

corrosion of the carbon steel piping, due to the 

HCl in the overhead vapors that originate from 

MgCl2 in the desalter effluent. 
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